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Abstract

The case studied is a multi-effect distillation where the condenser of a high pressure column is integrated with the reboiler of a low pressure column. The method of self-optimizing control (Skogestad, 2000) provides a systematic procedure for selection of controlled variables, based on steady state economics. The heat integrated distillation system was optimized to find the nominal operating point and it was found that a temperature in the low pressure column has good self-optimizing properties. A control structure incorporating this has been shown.

1 Introduction

Distillation is an energy consuming process that is used for about 95% of all fluid separation in the chemical industry and accounts for an estimated 3% of the world energy consumption (Hewitt et al., 1999). Heat integration of distillation columns, where the condenser of one column is coupled with the reboiler of another column, is used to reduce the energy consumption of distillation. Typically the reduction in energy consumption is 50%. It is very important that such heat integrated columns are operated correctly so that the plant is operational and the energy savings are achieved. However, the task of identifying a suitable control structure for heat integrated distillation columns is not as straight forward as for a single column. 

We study a system (Figure 1) where the higher pressure in the first column allows the condensing heat from the top to be used to boil the second column. This is a feed forward integration as mass and heat are both integrated in a forward direction. Other multi-effect configurations are for example dual feed and the reverse integration (Wankat, 1993).

A number of studies are concerned about the dynamics and control of multi-effect distillation. Tyreus and Luyben (1976) published one of the first papers addressing the control of heat integrated distillation columns (dual feed configuration). Their main conclusion was to de-couple the two columns by introducing an auxiliary reboiler and condenser. Other authors have discussed the use of an auxiliary reboiler and condenser.  Lenhoff and Morari (1982) questioned their conclusion since they did not find such an effect. Gross et al. (1994) used an auxiliary reboiler in their simulations, but noted that even if an additional reboiler provides an additional manipulated variable it may also lead to severe interaction problems. 

The work by Roffel and Fontein (1979) is most similar to our work. They discuss some aspects related to constrained control. Much of their discussion is based on steady state economics and active constraints. 

Frey et al. (1984) recommended using ratios of material flows as manipulated variables after examining four different control schemes for the dual feed case with and without mass integration. They used the relative gain array (RGA) as a controllability measure.

Much of the above work used simple models that did not include important effects, like flow dynamics and heat transfer area. Gross et al. (1998) presents results for a rigorous model where they used controllability analysis and non-linear simulations for a dual feed industrial heat integrated process. They conclude that a detailed model is needed in order to capture essential details.

The objective of this work has been on the selection of controlled variables, that is, finding which variables that should be controlled. We use the concept of self-optimizing control (Skogestad, 2000), which is based on steady state economics, to provide us with a systematic framework for the selection of the controlled variables. This method involves a search for the variables that, when kept constant, indirectly lead to near-optimal operation with acceptable economic loss. In self-optimizing control, rather than solving the optimization problem on-line, the problem is transformed into a simple feedback problem (Skogestad, 2000). In practice, this means that when the plant is subject to disturbances it will still operate within an acceptable distance from the optimum, and there is no need to re-optimize when disturbances occur. This paper will focus on the modelling and simulation part involved in this. The work presented here is mainly on the formulation of the process model and the methods and work involved in the dynamic simulation and steady state optimisation. All the work has been carried out in Matlab (The Math Works Inc.) and we will present some on the routines and programming used.

Figure 1. Multi-effect distillation columns
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2 Process description

The system studied in this paper is a multi-effect separation of methanol and water as shown in Figure 1. The methanol and water feed (see Table 1 for feed data) enters the high pressure (HP) column, which has 16 theoretical stages. The bottom flow from the HP column is fed to the low pressure (LP) column, which operates at a lower pressure. The LP column has 26 stages; the high number of stages is to ensure high purity in the bottom product. Both the integration of heat and mass is in a feed forward direction.

Table 1. Feed data

	Feed Data

	Feed rate:
	1200 mol/h

	Feed composition:
	73 mol% methanol

	
	27 mol% water

	Feed liquid fraction:
	qF =1


3  Modelling and Simulation

We use a “rigorous” model of the multi-effect distillation columns where the energy, material (overall) and component material balances are included. The balance equations for a distillation column are written as follows:

Overall material balance:
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Component material balance:
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Energy balance:
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Here ML,i and Mv,i are the holdups in the liquid and vapour phase on stage i. Index j denotes component j. L and V are liquid and vapour flows, x and y are component fractions in the liquid and vapour phase and hL and hV are the liquid and vapour enthalpies.

We choose to neglect the holdup in the vapour phase. This considerably simplifies the model and is usually a good assumption when the pressure is below 10 bar (Choe, Luyben, 1987). We have then used the approximation hL,i ( uL,i, which holds for liquids (Skogestad, 1997). The energy balance can then be re-written as:
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We have selected to work with the following state variables for each of the two columns:

· composition xi  on all NT stages (molar fraction of light component);

· liquid holdups Mi on all NT stages;

· temperatures Ti on all NT stages (states for the energy balances)

The vapour-liquid equilibrium has been modelled by assuming ideal gas and using liquid activity coefficients from the Wilson equation. The parameters used are from Gmehling and Onken (1977). To model the liquid flows we have used linearized liquid dynamics (Skogestad, 1997). The vapour flow, V, on a stage i has been modelled using a valve type equation for the pressure drop from one stage to the next: 
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For the integrated reboiler/condenser we have assumed a maximum area and have calculated the heat duty from :
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where TT,HP is the temperature at the top of the HP column and TB,LP is the temperature in the bottom of the LP column.

In the optimization the area is treated as a degree of freedom where it can be any value less than or equal to the specified maximum area, Amax. The pressure in the top of the HP column is dependent on the amount of condensation in the reboiler/condenser and is thus a function of the area of the exchanger. An alternative to specifying a maximum area would be to use a minimum temperature difference, (T, between the top of the HP column and the bottom of the LP column. Both constraints ensures that the area of the integrated exchanger does not get too large.

The other assumptions used in the model are:

· Ideal equilibrium stages.

· Saturated vapour pressure from Clausius-Clapeyron equation.

· Dynamics in the heat exchangers are ignored.

· Cooling is adjusted to achieve constant pressure in the top of the low-pressure column.

The models developed for the multi-effect columns have been used for dynamic simulations, steady state optimization and generation of solution surfaces. All models have been written in Matlab and they can be found on the homepage of S. Skogestad (http://www.chembio.ntnu.no/users/skoge/).

Initial shortcut calculations have been done first of all, to find the approximate methanol concentration at the bottom of the HP column, so that the two columns are balanced (Wankat, 1983). We also used the HYSYS process simulator to find initial values for the temperature and composition on each stage.

The dynamic model was then run in Matlab using the integration routine ode15s, to find the steady state solution. This routine solves stiff differential equations and DAE’s and uses a variable order solver based on the numerical differentiation formulas (Matlab Help Function). For each iteration the algebraic equations, e.g. pressure, vapour and liquid flow equations, are solved and then the derivatives for composition, liquid holdup and temperature are calculated for each stage. 

3  Steady State Optimization

The self-optimizing control procedure (Skogestad, 2000) consists of six steps: 1) A degree of freedom (DOF) analysis, 2) definition of cost function and constrains, 3) identification of the most important disturbances, 4) optimization, 5) identification of candidate controlled variables and 6) evaluation of loss with constant setpoints for the alternative sets of controlled variables.

The multieffect column (see Fig. 1) has 10 degrees of freedom: the feed rate, heat duty in the HP column, reflux in HP and LP columns, distillate flows in HP and LP column, the heat transfer rate/area in the integrated condenser/reboiler, the bottom flow in the HP and LP column and the cooling in the LP column. There are 4 levels (condenser and reboiler in each column) with no steady-state effect (and thus with no effect on the cost) that have to be controlled, and with the feed rate given, this leaves 5 DOFs for optimization.

In the formulation of the objective function there are two ‘conflicting’ elements; we would like to produce as much valuable product as possible, but using as little energy as possible. For a given feed, the cost function is defined as the amount of distillate (0.99 mol% methanol) multiplied by the price of methanol, minus the cost of boilup: 
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. As we would like to maximise the profit we have to minimise (-J). To simplify we have used a relative cost of energy, so the object function to be maximised is:
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where DHP + DLP (mol/s) are the top products (methanol) and QHP (MJ) is the heat load to the HP column and wr = 0.6488 mol/MJ, is the relative cost of energy.

After defining the objective function the system constraints are specified. These are the model equations, i.e. the mass, component and energy balances, for the distillation process (equality constraints) and operational constraints (inequalities) that has to be satisfied at the solution. The following operational constrains have been defined for the multi-effect system:

· The LP column must be operating at a pressure above or equal to 1 bar.

· The HP column must be operating at a pressure below or equal to 10 bar.

· The product (distillate) from both columns must contain at least 99% methanol.

· There is a maximum heat transfer area Amax  in the integrated reboiler/condense

The optimization problem can then be formulated as:
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where;

x – state variables

u – independent variables we can affect (DOF for optimization)

d – independent variables we can not affect (disturbances)

By solving the optimization problem we find the nominal steady state operating point, i.e. the optimal operating point for the multi-effect distillation when there are no disturbances. This gives us the optimal nominal values for all the variables in the system. We then have to define the most important disturbances in the system. For this case we have considered disturbances in the feed flow of ( 20 %. Feed composition disturbances have not been considered as it is assumed that it only has small variations. The optimisation problem was then solved for the disturbances to find the optimal cost for each case, used for calculating the loss. The results in Figure 2 gives some idea about the nonlinear behaviour of the solution surface. Note that the optimum is located at the break in the curve.

Figure 2: Selected variables as a function of heat load to LP column
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 a) Temperature TB,LP and water composition, xB,LP in LP column
   b) Pressure in HP column
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c) Bottom flow, BHP and water composition, xB,HP in HP column
   d) Production rate (both columns)

From the optimization it was found that the following four constraints are active:

· the pressure in the LP column - should be 1 bar

· product purities in both HP and LP column at  99 mol% methanol

· heat transfer area in condenser/reboiler - should be at the maximum value

4 Evaluation of loss with constant setpoints

It is optimal to operate at the four constraints listed above, and we should use a control system where these four variables are controlled (“active constraint control”). We now want to find a controlled variable for the remaining single degree of freedom, for which the best choice is not obvious. To do this a number of candidate control variables were proposed (Table 2). To find out which of the candidates is most suitable we evaluate the loss 
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 for the defined disturbances, when the variables are kept constant at their nominal optimal set point,. 

Table 2. The range and loss of the controlled variables

	Controlled Variable
	Range of controlled variable
	Loss d0
	Loss d1
	Loss d2

	QHP
	19.6-30 MW
	0
	
	

	PHP
	5.1-6.4 bar
	0
	23.1
	

	(PHP
	55-100 mbar
	0
	
	

	xB,LP
	4.8e-08 – 6.4e-06
	0
	<1
	<1

	xB,HP
	0.556 – 0.559
	0
	infeasible

	TB,LP
	379.6 – 385.4 K
	0
	15.5
	

	T2,LP
	379.4 – 385 K
	0
	3.67
	

	T4,LP
	378.9 – 384.2 K
	0
	0.2
	

	T6,LP
	378.5 – 382.8K
	0
	0.1
	

	TB,HP
	399.4 – 408.75 K
	0
	23.1
	

	BHP
	575 - 869 mol/h
	0
	infeasible

	LLP
	101 - 160  mol/h
	0
	138
	

	LHP
	164 - 273 mol/h
	0
	
	

	QHP/F
	2.04e-02 – 2.09e-02 MW/mol/s
	0
	8.3
	

	QHP/LLP
	0.189 – 0.194 MW/mol/s
	0
	43.73
	

	QHP/LHP
	0.11 – 0.119 MW/mol/s
	0
	
	

	BHP/F
	0.598 – 0.603
	0
	
	


d0 – nominal operating point

d1 – disturbance in the feedrate, F + 20%

d2 – disturbances in feedrate, F – 20%

The variable(s) that selected for self-optimizing control should give an acceptable loss. The result from the evaluation of the loss is found in Table 2. The units of loss is in mol/s, so a loss of 1 unit will be approximately $160 000 per year (depending on the current price of methanol). The last column in Table 2 gives the average loss when controlling a variable to a constant setpoint when there are disturbances and. It can be seen that the best variable to keep at constants setpoint is the temperature on tray six in the LP column, So, we should select the temperature on tray six as the variable for self-optimizing control.

Based on the analysis we propose a control structure for the multi-effect columns, as shown in Figure 3. The control structure has the following features:

· The distillate flows are used for level control in the condensers and the reflux flows are used for composition control. 

· The heat transfer between the columns is maximised and the rate of condensation is therefore not available as a manipulated variable.  The pressure in the HP column is instead controlled using the boilup, QHP.

· The bottom flow in the LP column, BLP is used for level control.

· The reboiler level in the HP column must then be controlled by the feed flow.

· The bottom flow in the HP column, BHP is used for temperature control in the LP column (this is the ’self-optimising control loop’).

Further work will include testing of the proposed control structure.

Figure 3. The proposed control system
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5 Discussion

5.1 Optimization

For the optimization we have used the same model as for the dynamic simulations. The only difference is that instead of integrating the differential equations (dx/dt) of the model we solve for the steady state solution by setting dx/dt equal to zero in the equality constraints.

The optimization problem was solved using the Matlab routine fmincon. This routine finds the constrained minimum of a function, FUN, subject to the constraints defined in the function NONLCON, given the initial conditions X0 (ref. Matlab Help Function):
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It was found that the solution from the optimisation very much depended on the initial conditions and that several iterations on the solution were required to ensure optimality. 

The optimisation routine was also used to calculate the loss in the objective function when the system was subject to disturbances. The only change required in the optimisation model was to include the active constraints and the controlled variable, c, in the equality constraints. For the controlled variable we set (c-cs) = 0, where cs is the nominal value of the variable c (the setpoint) found from the optimisation.

5.2 Generating Solution Surfaces Efficiently

To generate the solution surfaces (Figure 2) we used the very efficient algorithm of Christiansen et al. (1996), which is based on the continuation method where Broyden’s method is used for each continuation step. This gives increased efficiency as the Jacobian does not have to be recomputed for each consecutive continuation point (Christiansen, 1997). The method was found to be very simple to use and to be very efficient, using short iteration times.

6 Conclusion

The method of self-optimising control has been applied to a multi-effect distillation case. We have found that four system variables should be controlled at their constraints: the top composition in both columns, pressure in the LP column and the heat transfer area between the two columns. There is one unconstrained degree of freedom for which the choice of a suitable controlled variable needs some more careful analysis. We have shown that selecting a temperature in the lower part of the LP column has good self-optimizing properties. 

Acknowledgement. We are grateful for Matlab-assistance and helpful comments from Ivar J. Halvorsen and Marius S. Govatsmark.

7 References

Choe, Y.S., Luyben, W.L., Rigorous dynamic models of distillation columns, Ind. Eng. Chem. Res., 1987, 26, pp. 2158-2161

Christiansen, A.C., J.C. Morud and S. Skogestad, ``A comparative analysis of methods for solving systems of nonlinear algebraic equations,'' Proc. of the 38th SIMS Simulation Conference, Trondheim, June 1996, 217-230. (The algorithm for secant continuation method, which has been further developed by I.J. Halvorsen, can be found on the homepage of S. Skogestad (http://www.chembio.ntnu.no/users/skoge/)
Christiansen, A.C., ‘Studies on optimal design and operation of integrated distillation arrangements’, Dr.ing thesis, Department of Chemical Engineering, Norwegian University of Science and technology (NTNU), 1997:149

Frey, R.M., Doherty, M.F., Douglas, J.M., Malene, M.F., ‘Controlling thermally linked distillation columns’, Ind. Eng. Chem. Process Des. Dev., 1984, 23, p.483-490

Gmehling, Onken, DECHEMA Chemistry Data Series, ‘Vapor-Liquid Equilibrium Data Collection’, Vol. I, Part 1, 1977, Published by DECHEMA

Gross, F., Baumann, E., Geser, A., Rippin, D.W.T., Lang, L., ‘Modelling, simulation and controllability analysis of an industrial heat-integrated distillation process’, Computers Chem Engng, 1998, Vol. 22, No.1-2, p.223-237

Hewitt, G., Quarini, J., Morell, M., More efficient distillation, The Chemical Engineer, 21 Oct. 1999

Lenhoff, A.M., Morari, M., ‘Design of resilient processing plants - I: Process design under consideration of dynamic aspects’, Chemical Engineering Science, 1982, Vol. 37, No.2, p.245-258

Matlab Help Function, Matlab Version 6.0.0.88 Release 12, The Math Works Inc.

Roffel, R., Fontein, H.J., ‘Constraint control of distillation processes’, Chemical Engineering Science, 1979, Vol. 34, pp. 1007-1018

Skogestad, S., Dynamics and control of distillation columns – a critical survey, Modelling identification and Control, 1997, Vol. 18, No. 3, pp. 177-217

Skogestad, S., Plantwide control: the search for the self-optimizing control structure, J. Proc. Control, 2000, Vol. 10, pp. 487-507

Tyreus, B.D., Luyben, W.L., ‘Controlling heat integrated distillation columns’, Chemical Engineering Progress, Sept. 1976, p. 59-66

Wankat, P.C., ‘Multieffect distillation processes’, Ind. Eng. Chem. Res., 1993, 32, 894-905.

� EMBED CorelDRAW.Graphic.9  ���





� EMBED CorelDRAW.Graphic.9  ���








( Presented at SIMS (Scandinavian Simulation Society) conference, Porsgrunn, Norway, 8-9 Oct. 2001





[image: image17.emf]22.5 23 23.5 24 24.5 25 25.5 26 26.5 27

0.43

0.44

0.45

0.46

Composition (water)

Heat load (MW)

23 24 25 26 27

680

700

720

740

Bottom flowrate (mol/h)

[image: image18.emf]22.5 23 23.5 24 24.5 25 25.5 26 26.5 27

4.2

4.4

4.6

4.8

5

5.2

5.4

5.6

5.8

6

Pressure (bar)

Heat load (MW)

_1058434765.unknown

_1059046335.unknown

_1059303323.unknown

_1059568234.unknown

_1059286440.unknown

_1059303098.unknown

_1058434776.unknown

_1055757876.unknown

_1058166133.unknown

_1058434622.unknown

_1056354559.unknown

_1055755968.unknown

_1051441018.unknown

